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Abstract

Biomass gasification derived fuel gas is a renewable fuel that can be used by high temperature fuel cells. In this two-part work an attempt is
made to investigate the integration of a near atmospheric pressure solid oxide fuel cell (SOFC) with a novel allothermal biomass steam gasification
process into a combined heat and power (CHP) system of less than MW, nominal output range. Heat for steam gasification is supplied from SOFC
depleted fuel into a fluidised bed combustor via high temperature sodium heat pipes. The integrated system model was built in Aspen Plus™
simulation software and is described in detail. Part I investigates the feasibility and critical aspects of the system based on modelling results.

A low gasification steam to biomass ratio (STBR=0.6) is used to avoid excess heat demands and to allow effective H,S high temperature
removal. Water vapour is added prior to the anode to avoid carbon deposition. The SOFC off gases adequately provide gasification heat when fuel
utilisation factors are <0.75; otherwise extra biomass must be combusted with overall efficiency penalty. For SOFC operation with Uy=0.7 and
current density 2500 A m~? the electrical efficiency is estimated at 36% while thermal efficiency at 14%. An exergy analysis is presented in Part II.

© 2006 Elsevier B.V. All rights reserved.
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1. Introduction

Biomass is among the most promising renewable energy
sources, able to be used by a wide range of small and large
scale power production technologies.

There are contradicting opinions whether small or large scale
biomass applications are the most promising. Biomass steam
cycles operating in the range 5-20 MW, are now producing most
of the bio-electricity around the world. Their electrical efficiency
is limited to 20-25% avoiding high capital costs associated with
elevated steam properties and complex steam cycle integration.
For even larger power plants (i.e. >20 MW,) the Integrated Gasi-
fication Combined Cycle (I.G.C.C.) technology is considered
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the most favourable with electrical efficiency up to 40% [1]. Nev-
ertheless, large bioenergy ventures have to face logistical prob-
lems to collect the required residual biomass fuel, different fuel
feedstock around the yearly operation or the creation of ener-
getic plantations with larger economic risk. Large Combined
Heat and Power (CHP) units also have difficulties in selling heat
to dedicated users in order to take full advantage of co-generation
economics and are difficult to implement due to the complex-
ity of the cooperation of the different stakeholders involved:
biomass fuel producers, electricity, and heat consumers, power
plant ownership, etc. High efficient smaller scale biomass CHP
units could penetrate the market sooner than a greater consensus
for larger biomass-to-power applications is achieved.

Small scale biomass CHP systems based on gasification can
use internal combustion engines or micro gas turbines with elec-
trical efficiencies from 20 to 30% of the biomass fuel lower
heating value (LHV). Internal combustion engines offer higher
electrical efficiency with reduced co-generation possibilities and
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Nomenclature

Ae,c

A;
AINe,c

fe
hec

HZOstoic

nHp

single heat pipe surface area in contact with flu-
idised bed (m?)
constant used in Eq. (28) (2 m)
vapour/liquid interface surface in a heat pipe (m?)
constant used in Eq. (28) (K)
parameter evaluated in Eq. (12)
parameter for Egs. (31) and (32) (A m~?)
internal heat pipe diameter (m)
external heat pipe diameter (m)
heat pipe wick internal diameter (m)
effective diffusion coefficient of component i
inside SOFC porous electrode material (m%s™1)
Knudsen diffusion coefficient of component i
inside SOFC porous electrode material (m2s~ 1
diffusion coefficient of component i in mixture
(m*s™!)
electrochemical
(Jmol™1)
Faraday constant = 6.023 x 10?3 x 1.602 x 10~1°
(Cbmol™1)
fin factor for heat pipes
combined convective and radiative heat transfer
coefficient of a surface immersed in fluidised bed
(Wm~ 2K 1)

stoichiometric moles of H,O required for the
simplified gasification reaction
latent heat of vaporisation of heat pipe working
fluid Jkg™1)
SOFC current (A)
SOFC current density (A m~2)
thermal conductivity (W m 1K)
heat pipe length immersed in a fluidised bed (m)
fuel low heating value (kJkg=! for
solids/MJ m,,~! for gases)
SOFC component thickness (m)
parameter for Egs. (32) and (33)
component i mol flow (mol )
number of heat pipes required
pressure (bar)
vapour pressure of heat pipe working fluid (Pa)
partial pressure of component i at the outlet of
SOFC (atm)
standard pressure =1 (atm)
direct current electric power produced from the
SOFC (W)
air compressor power
required heat rate for allothermal gasification (W)
the thermal energy transferred across a heat pipe
(W)
heat pipe thermal resistances (K kW~!)
activation surface specific electric resistance for
SOFC (2 m?)
Ohmic electric resistance for SOFC (£2)
ideal gas constant (8.314Jmol~! K—1)

reaction activation energy

Ssorc  SOFC surface (m?)

S; SOFC component surface (m?)

STBR steam to biomass ratio (refers to gasification)

STBRgic stoichiometric steam to biomass ratio based on
simplified gasification reaction

STCR steam to carbon ratio (refers to product gas)
T temperature (K)
Ut SOEFC fuel utilisation factor

Voc open circuit SOFC voltage (V)

Voum Ohmic SOFC voltage over potential (V)
Vact  activation SOFC voltage over potential (V)
Vro polarisation SOFC voltage over potential (V)
y? molar fraction of component i in SOFC
Subscripts

comb  combustion

gas gasification

in input

out output

Greek letters

o ratio of heat pipe fin surface to bare surface
electrode  VOId fraction of porous electrode material
Ew heat pipe mesh wick solid fraction

Nfin common fin efficiency

net,sorc SOFC stack electrical efficiency

nei,cup  CHP electrical efficiency

Di specific electrical resistance of SOFC component
i(Q2m)

Telectrode tOTtuOsity of porous electrode material

also exhibit higher pollutant levels. More advanced proposed
systems use high temperature molten carbonate salts or solid
oxide fuel cells. In the near future, the first commercial SOFC
systems will be around 1 MW, size, and their integration with
biomass gasification in small scale configurations has recently
gained attention [2,3].

This work presents the feasibility of high efficient bioen-
ergy SOFC-CHP system in the range up to 1 MW,, using a
novel allothermal steam gasification reactor. A biomass allother-
mal fluidised bed (FB) gasifier operates at around 1073 K and
produces an almost nitrogen free, medium calorific value gas
mixture, rich in Hp, CO, and CHy4, which are fuel species for
SOFCs. The product gas contains a significant amount of water
vapour, depending on the amount of steam used for gasification
and on the biomass fuel moisture as well. Water vapour in the
fuel gas is necessary to reform CHy, shift CO towards H», and
prevent carbon deposition on the catalytic SOFC anode surface.
Prior to using the product gas into an SOFC several contami-
nants must be removed and additional steam might be required
to raise the steam to carbon ratio (STCR) in the anode. In order
to achieve adequate thermal integration, hot gas cleaning has
to be pursued to avoid sensible heat and water vapour loss by
condensation at lower temperatures.
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Fig. 1. Flowchart of the combined SOFC/allothermal biomass gasification CHP.

The main disadvantage of allothermal gasification processes
is the requirement for external thermal energy input. In SOFCs,
large amounts of rejected heat and depleted fuel necessitate large
amounts of excess air mainly for cooling. The proposed system
combines these two features into a useful outcome by thermally
coupling a fluidised bed gasifier with a post fuel cell fluidised
bed combustor. The combustion FB also utilises the gasifier
by-product char as well as additional biomass if more heat is
required. The total system operates at near atmospheric pres-
sure.

The most common allothermal FB gasifier heat supply
method is by means of hot bed material circulating between
two fluidised beds one of which performs combustion [4,5].
The alternative thermal coupling of gasification and combustion
FB with high temperature sodium heat pipes was the subject of
the successful, recently completed EU-funded project “Biomass
Heat Pipe Reformer” (BioHPR) [6].

To assess the proposed SOFC-CHP, a steady state model was
builtin Aspen Plus™ process simulation software incorporating
four subsections, namely: gasification, heat pipes, gas cleaning,
and SOFC, analytically presented.

2. Total system configuration and modelling

The proposed CHP system flowchart consists of two fluidised
bed reactors thermally coupled with heat pipes, a product gas

cleaning train, a SOFC stack and its power conditioning, an air
blower compressor, two gas-to-gas heat exchangers (HX1 and
HX?2), a heat recovery steam generator (HX3), and a hot water
boiler (HX4) (Fig. 1). The gasifier and combustion FBs oper-
ate at 1073 K, ~1.5bar and 1173 K, ~1.1 bar, respectively. This
allows a 100 K temperature difference for heat transfer with the
integrated sodium heat pipes to provide thermal energy require-
ments for the allothermal gasification. The raw product gas is
cooled in HX1 to gas cleaning temperature requirements, par-
ticulates are removed by a barrier type filter and halogen and
sulphide removal is accomplished in high temperature sorbent
trap beds. The gas cleaning takes place at temperatures above tar
dew point (see Section 5). The cleaned gas is reheated in HX1
and then enters a compact tar cracking reactor placed inside
the combustion FB, where product gas temperature rises up to
1123 K. Additional steam is then added, increasing the gaseous
fuel water content to avoid any carbon deposition on the SOFC
anode. Air is blown to the near atmospheric pressure operat-
ing SOFC and is heated up to 900 K in HX2 before entering the
stack. Depleted fuel and air from the SOFC are combusted in the
secondary FB together with gasification by-product char. Addi-
tional biomass can be combusted if the above are not enough to
sustain gasification. The flue gas thermal content is recuperated
in HX2 followed by a heat recovery steam generator (HRSG)
HX3, providing steam for the gasification and product gas moist-
ening. Finally, HX4 offers useful thermal energy in the form of
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hot water around 360 K. An inverter provides alternating current
electrical power. The capacity of the system studied was based
on an SOFC with 100 m? active surface resulting in electrical
outputs of around 100-200kWe,. This is a very commonly dis-
cussed and analysed SOFC size for various applications [7-9].
Nevertheless, the presented system is envisaged for up to 1 MW,
size and an attempt to present size independent data has been
made.

The system was modelled in Aspen Plus™ 11 process sim-
ulation software. In all cases, the Redlich—Kwong—Soave cubic
equation of state method was used for the properties estimation.
Biomass was treated as non-conventional component. Exist-
ing unit operation models were combined with FORTRAN
calculator blocks to model the performance of the four subsec-
tions. Pressure drops and thermal losses for each unit operation
were assumed 2%. Heat exchangers were allowed a minimum
AT=100K in countercurrent mode. It was assumed that ambi-
ent air is at 293 K and 1.013 bar, the blower compressor isen-
tropic efficiency is 0.7, while the electronic inverter efficiency
18 Riny =95%.

3. Allothermal biomass gasification modelling and
analysis

A simple and easy to adapt allothermal gasification model
was built, to predict the main product gas composition including
methane and char as well as the external heat required to drive
the process.

3.1. Biomass allothermal gasification, description, and
thermodynamics

The first step of biomass gasification is the immediate dry-
ing and thermal decomposition of solid fuel towards light gases,
tars, and char. This step advances quickly in the high temper-
ature and intense heat transfer environment of a fluidised bed.
The pyrolysis gases and tars then react in the gas phase with
the gasification agent, whereas solid char is participating in the

heterogeneous reactions with gases. The main set of reactions is:
C) +CO2 < 2CO Boudouard (1)
C)+2Hy < CHy Hydrogenating gasification (2)

Ci) +H0 < CO + Hp Heterogeneous water gas shift

€))
CH4 +H;0 < CO + 3H, Methane reforming (Y]
CO + H;0 < CO;+H» Water gas shift @)

A simple way of approaching the biomass gasification mod-
elling is by predicting thermodynamic equilibrium composition
through Gibbs free energy minimisation calculations for the C,
H, and O atoms of the fuel and the gasification agent mixture.
The biomass ultimate analysis is given in Table 1 and corre-
sponds to olive kernel residues. All thermodynamic properties
(such as enthalpy of formation, etc.) can be derived from the
higher heating value (HHV) [10].

Table 1
Biomass fuel data

Proximate analysis Ultimate analysis (%w/w dry basis)

Volatiles (%ow/w dry) 72.64 C 51.19
Fixed carbon (%w/w dry) 24.78 H 6.06
Moisture (%w/w) 10.0 O 39.32
Heating values N 0.76
HHV (kJkg~! dry) 18900 S 0.09
LHV (kJkg~! wet) 15567 Ash 2.58

A theoretical optimum of gasification operation is obtained
when enough gasification agent is provided in order to fully
convert all char to gaseous products according to equilibrium.
Char is difficult to be modelled thermodynamically because of
its complexity as a material. It is common to assume char as
graphite, Cs), since it has well defined thermodynamic proper-
ties [11]. Fig. 2 shows the line of carbon boundary in a triangular
C-H-O phase diagram, which was computed for the gasifier
operating parameters Tgas = 1073 K, and Py, =2 bar. Above the
solid carbon boundary, solid carbon is thermodynamically sta-
ble, while below it there is no carbon predicted. The biomass fuel
composition lies in the heterogeneous region, therefore a gasi-
fication agent containing oxygen or/and hydrogen (in this work
purely steam) must be added to drive the equilibrium towards
complete conversion of char into gaseous fuel species for the
SOFC. It is common to express the extent of steam addition as
steam to biomass ratio (STBR):

Steam + Fuel moisture (kg s7h

STBR = (6)

Dry biomass (kgs—!)

Thermodynamics predict that the minimum value for steam to
biomass ratio must be STBR,in & 0.4, in order to secure com-
plete fuel carbon conversion into gaseous compounds for the
given pressure, temperature, and biomass fuel composition.

An alternative expression to the STBR is the excess stoichio-
metric steam [12] based on a simplified gasification reaction in

0% ,100%

mol H%
20% 80%
40% 60%
9 40%
Increasing BO%S  oracs °
STBR 1073 K
2 bar
Y — 80% L \L.3/ 3 20%
mol C%
2_0..nun-l-l-n-n
Oy
4 100% A oo
0% 20uH2040% 0% 80% 100%
mol 0%

Fig.2. Various STBR locations on a ternary C—-H-O diagram with carbon bound-
ary line at Tgys = 1073 K and Pgys =2 bar.
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the form of:

CH,,0,, + (1 — mH20 <> (% +1- m) H, + CO )
For the fuel considered, n=0.16 and m =0.77. The stoichiomet-
ric steam to biomass ratio is expressed:

MHzO,StOiC (1 —m)18

STBRgic = —= = 8
sole Mbiomass 12 +n + 16m ®

where M; are the mass flows of steam and biomass. Therefore,
for reaction (7), HpOgoic =0.24 mol for 1 mol of biomass, and
from reaction (8), STBRic & 0.2. Dividing the actual STBR
values with STBR;c gives the excess steam.

Kinetics of biomass gasification at 973—-1173 K and realistic
residence times allow higher concentrations of CH4 and other
hydrocarbons to be present in the gasifier outlet, in contrast to
what thermodynamics predict [13]. Char might also “escape”
the reactor before reacting completely even though the con-
dition STBR > STBRyi, is valid. Unstable thermodynamically
constituents actually appear during an actual gasification pro-
cess, the derivation of which can be attributed to partial reactions
among the products of the initial decomposition step. Therefore,
a more accurate model should be build by accommodating non-
thermodynamic corrections for these products.

3.2. Gasifier model based on thermodynamics with
non-ideal corrections

The gasification Aspen Plus™ modelling subsection is
shown in Fig. 3. The heat streams (dashed lines), representing
enthalpy differences between inputs and outputs of each reactor
model block, are added to form the thermal energy requirement
stream. In the first step (RYIELD), the biomass material is trans-
formed from a non-conventional solid into its elements. This
is common practice when dealing with solid fuel materials in
Aspen Plus™ ., The non-equilibrium char amount is directly split

RYIELD:
Biomass decomposition

SEPARATOR

towards the syngas outlet. Similar approach models use a ratio of
15% non-equilibrium char for circulating fluidised bed allother-
mal gasification [14]. A somehow lesser value was adopted, i.e.
10%, as more appropriate for a bubbling fluidised bed having
longer residence times. The rest of the elemental composition
is fed to the (RSTOIC) reactor where CH4 and tar are formed.
The extent of methane formation was set to use 10% of the
elemental carbon in the biomass fuel. This allows methane con-
centrations in the gasification subsection outlet to range from 5
to 10% (v/v) which are in agreement with commonly measured
values. In order to avoid having a large variety of tar compounds,
this group is represented only by naphthalene, which is a major
tar component in biomass gasification processes. The amount of
tar was specified to allow ~1-5 g m, ~2 in dry basis product gas,
according to literature about steam gasification experiments with
catalytic in situ FB tar reduction [15]. The remaining elemental
biomass and steam are fed to an (RGIBBS) reactor model where
according to Gibbs free energy minimisation calculations (for
the specified temperature and pressure), the equilibrium compo-
sition is evaluated, considering the components CHy, CO, CO»,
H, H>0, and C). The equilibrium outlet is mixed with hydro-
carbons and char slip streams to form the final syngas outlet
stream. The effect of the correction of slip streams for carbon
conversion and methane in product gas content, in comparison
to thermodynamic predictions is illustrated in Fig. 4.

The model was run for different STBR at 1073 K and 2 bar
(Fig. 5). Since part of the fuel carbon is not participating in
the equilibrium, the discontinuity of composition lines signify-
ing the total carbon conversion (STBRy,in) appears at a slightly
lower value compared to pure thermodynamics prediction. The
lower heating value (LHV) of the humid and dry gas is reduced
with increased STBR. Heat, Qreq, to sustain gasification at T'g,s,
increases with STBR (Fig. 6). The amount of steam relative to
the carbon containing species is defined as steam to carbon ratio
(STCR). A desired value STCR >2 is set to avoid any carbon
deposition on SOFCs (see Section 6.1). Fig. 6 also shows that

Char:10% of carbon

Biomass input

SEPARATOR

CH, &tar

HOT SYNGAS
A 4 RSTOICH:
H . CH4 formation
QYIELD : : QSTOICH MIXER
: : STEAM
4 . SEPARATOR:
' ' Cyclone

heat demand

Overall gasification |leg.................

RGIBBS: Gasifier

CHAR return to
Fluidized Bed
Combustor

Fig. 3. Aspen Plus™ biomass gasification modelling flow sheet.
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this can be achieved from the gasification step using STBR > 2,
instead of having to add steam at a latter stage.

For the total system operation a relatively low STBR=0.6
was chosen for maximising carbon conversion without excessive
heat demands. Kinetic reasons such as pushing towards comple-
tion of tar reforming reactions, or fluidisation limitations might
pose higher STBR in practice.

4. Heat pipes modelling and analysis
4.1. Heat pipe description

Heat pipes are simple and effective heat transfer equipment
without moving parts taking advantage of the large latent heat of
vaporisation of a working fluid that returns from the condenser
to the evaporator by capillary action. A simple heat pipe is a hol-
low tube with some layers of wire screen along the inner wall to
serve as wick (Fig. 7). The wick is filled with a wetting liquid
having a boiling point near the desired application temperature.
Sodium heat pipes have a useful range of heat transfer applica-
bility from 870 to 1470 K [16], and have been used successfully
for the BioHPR reactor thermal coupling of two fluidised beds
performing endothermic biomass gasification and exothermic
combustion [6].

4.2. Modelling of heat pipes

A single heat pipe model was made ina FORTRAN calculator
block in Aspen Plus™ to estimate its total thermal resistance,
temperature drop, and heat transfer rate. The number of heat
pipes required was then calculated according to the total Qreq.

A single heat pipe heat transfer model comprises of nine
thermal resistances R1—Rg (Fig. 7). R1 and Ry are external con-
vection resistances of the evaporator and condenser section. The
heat pipe external surfaces can incorporate fins enhancing heat
tranfer. If « is the ratio of fin surface to bare (i.e. no-fins) tube sur-
face,i.e. @ =Afn/Acc, and a fin factor is defined as f; = (1 + nan),
with ng, the commonly used fin efficiency, both Ry and Rg can
be expressed as:

1

R1,9 = 7
ffhe,cAe,c

(€))

where he . (W m~2K~!) is the combined convective and radia-
tive heat transfer coefficient of a surface immersed in fluidised
bed, and Ae ¢ = mDoyiLe,c in (m?) is the outer surface of the bare
heat pipe tube. The fin factor is introduced to enable a more
generic presentation of results rather that going into detailed
calculations for different fin types. A value of fy=2 is assumed
throughout the calculations. There are numerous experimental
studies which derive correlations for heat transfer coefficients in
fluidised beds, unfortunately not generic because of the complex
nature of fluidisation contacting [17]. The arrangement of the
heat pipes, the fluidisation velocity, the bed inventory material
characteristics, etc., are some of the parameters that influence
the final value for 4. Table 2 summarises the assumptions for 4 by
averaging values reported in literature [17-19]. The evaporator
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Table 2
Assumptions for the external heat transfer coefficient of heat pipes

Heat transfer coefficient (heat pipe section)

Conditions for the assumption (Wm~2K~!)

he (evaporator section)
h. (condenser section)

300 (combustion FB) [17-19]
300 (gasification FB) [17-19]

50 (flow inside SOFC) [21]

section could alternatively be placed inside a usual post-SOFC
combustor. The practical applicability of this is also examined
but using a smaller value of & [20].

Resistances R, and Rg represent conduction through the heat
pipe tube material. Since a cylindrical heat pipe is assumed these
resistances are in the form of:

In(Doyt/ Dj
Rog = n(Dout/ Din) (10)
27tk Le ¢
where ky, is the thermal conductivity of the heat pipe shell in
(Wm~ K.
Similarly, the thermal resistances R3 and R; through the wick
are:
In(Dj,/ D
Ry7 = n(Din/Dyw) (11)
2rkwLe ¢
The evaluation of the combined solid and liquid thermal con-
ductivity of a wetted mesh wick was accomplished using the
following set of expressions from [16]:

b— ey
ky = k 12
W (b + 8w> 1 ( )
where ¢y, is the solid fraction of the mesh wick, and
1+ (ks/k
_ + (ks/ k1) (13)
1 — (ks/ k1)

where kj and k; are the thermal conductivities of the liquid work-
ing fluid and the wick solid material, respectively.
R4 and R¢ correspond to the liquid/vapour interface resistance
to heat transfer and are given in the form of [16]:
RyT?(2nR,T)'/?

Rig=——F——"— (14)
HLPVAINe,c

where AiNe c = TDwLe is the surface of the vapour liquid inter-
face, R, the ideal gas constant, H, the latent heat of vaporisation
of the working fluid in (Jkg~!), and Py is the vapour pressure
of the working fluid in (Pa).

Finally, R5 is the resistance due to temperature drop along the
vapour transferred from the evaporator to the condenser. This is
usually the smallest resistance and could be evaluated from:

_ R,T*APy
qup HL Py

where ggp (W) is the thermal energy transferred across the heat
pipe and APy is the vapour flow pressure drop in (Pa). Never-
theless, expression (15) was omitted and Rs was assumed to be
negligible. Otherwise its estimation would require a more com-
plex iterative process to converge, as it involves gyp, which is
essentially the outcome of the heat pipe model. An iterative loop
for the convergence of the sodium vapour temperature already
exists.
The heat transfer rate of a single heat pipe is:

AT _ Teomb — Tgas
Riot Z?=1 R;

where Teomb and Tgas are combustion and gasification FB tem-
peratures, respectively. The number of heat pipes is then evalu-
ated as nyp = Oreq/qup. The assumptions for the physical dimen-
sions of a single heat pipe are given in Table 3 and the necessary
thermophysical property estimations in Table 4 based on [21,22].

5)

qup = (16)

Table 3
Assumptions and dimensions for a single heat pipe

Physical heat pipe dimensions

Dou =0.03m, D =0.025m, Dy =0.00242m, Lo =L = 1 m, £ =0.415
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Table 4

Thermo physical properties of the single heat pipe thermal model

Thermo physical properties Units Ref.
ke =ks =27 (Wm™K 1) [21]
k1=124.67 —0.113817+5.5226 x 107572 — 1.1842 x 10787? (Wm~1K™h [22]
Hy =393.97(1 — (T/T¢)) +4398.6(1 — (T/T¢))29302 (kTkg™h) [22]
In Py =11.9463 — 12633.73/T — 0.4672In T (MPa) [22]
Where T'=sodium operating temperature (K), and 7¢c =2503.7 (K) [22]
Table 5

Heat transfer model results for a single heat pipe between two fluidised beds at 1073 and 1173 K

Thermal resistances (KkW~1)

R; Ry R3 R4 Rs Rg Ry Rg Rg Riot
17.69 1.075 0.157 3.1E-5 0 3.1E-5 0.157 1.075 17.69 37.843

Vapour sodium temperature (K)

Sodium vapour pressure (bar)

Heat transfer rate (kW/heat pipe)

1123 0.75

2.642

The results for the single heat pipe modelling between two
fluidised beds are summarised in Table 5. Most of the heat
transfer resistance originates from external heat pipe convec-
tion. The number of heat pipes required to sustain gasification
per 1| MWy biomass input into the gasifier is shown in Fig. 8
for varying STBR for two cases: (a) thermal coupling of gasifi-
cation and combustion FBs and (b) gasification FB coupled with
a typical SOFC stack afterburner. Due to increased evaporator
external resistance, the latter requires approximately four times
the number of heat pipes creating however additional problems;
it would be difficult to fit them in the FB gasifier as well as into a
SOFC system, capital costs associated with heat pipes would be
quadrupled, and consequently, a totally new stack design would
be required. For the above reasons the present work examined
only the formal thermal coupling. The required number of heat
pipes between two FBs is also graphed for another two ATs.
Gasification at lower temperatures would result in excessive tar
content and combustion above 1173 K could potentially create
problems of bed material and ash agglomeration, since all ash
removed from the raw product gas passes through the combustor

600 1
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g
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=
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Fig. 8. Number of heat pipes required per MW gy fuel input in the gasifier vs.
STBR used when heat derives from: (a) a secondary FB at various ATs (b) an
SOFC post combustor.

at very high temperature. For design point of AT=100K, 180
heat pipes per MWy gasifier fuel input is chosen to satisfy
the gasification for STBR up to 2, if required.

5. Gas cleaning analysis
5.1. Product gas impurities and SOFC fuel specification

The hot product gas at the outlet of the gasifier FB contains
a number of trace impurities that can be harmful for fuel cells:

e Particulates: Which are mainly un-reacted char, biomass fuel
ash, and FB inventory material.

Alkalis: Part of the alkali content in the fuel ash can appear in
the gas phase of the product in the form of thermodynamically
favourable volatile compounds at high temperatures [23].

e Ammonia: Most of the biomass fuel-bound nitrogen is usually
emitted during the pyrolysis step as ammonia. Despite ammo-
nia being an unstable molecule, in gasification conditions its
subsequent decomposition is slow [24].

Sulphur and halogens: In gasification processes, fuel sulphur
is stable in the form of hydrogen sulphide and to a lesser
extent carbonyl sulphide especially in case of increased water
content because of the equilibrium:

COS + H,0 < H,S + CO, an

H,S concentrations in product gas could range from 20 to
500 ppm [25,26], and therefore cause problems to fuel cells.
Halides appear mainly as HCI. Some biomass fuels, such as
straw, have significant amounts of chlorine content that should
be avoided for gasification applications with fuel cells. Apart
from their elemental concentration in the biomass feedstock,
the sulphur and halide concentration levels in the product
gas also depend on the gasifier conditions, and the relative
proportions of ash metal components tending to form stable
solids with them [27].
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Table 6
Fuel impurity tolerances for SOFC
Impurity Upper limit ~ Comments Ref.
Particulates (ppmw) 0.1 - [31]
NH3 (ppmv) 5000 - [31,32]
H,S (ppmv) 3000 Operation above 1273 K [32]
1 Non-permanent poisoning [32]
0.1 Commercial target [31]
Halides (ppmv) 1 - [31,32]
Alkali vapours - Not available data found -

Tar compounds - Not available data found -

e Tar: A major group of product gas impurities, is a complex
mixture of organic compounds generally assumed aromatic,
produced during biomass gasification [28]. Estimates of the
tar dew point on presently identified species show that tars
condense at temperatures below 473 K [29]. To be on the safe
side and to account for heavier tar species a higher temperature
of 523 K was adopted. When condensed, tars form persistent
aerosols, the combustion or exposure to high temperatures of
which leads to soot formation and coking of surfaces. Further-
more, condensed tars are extremely sticky and cause blocking
and fouling of equipment downstream.

The tolerance of different power production technologies to
these impurities vary from internal combustion engines being the
most resistant, followed by gas turbines and fuel cells; presently
having the most stringent fuel specifications. High temperature
fuel cells, such as SOFCs, are more impurity resistant compared
to low temperature ones [30]. Table 6 summarises reported fuel
impurity tolerances for SOFCs [31,32]. The most well docu-
mented impurity is H>S which poisons the anode nickel-based
catalytic surface of SOFCs. The more stringent level of 0.1 ppm
H;S reported as a target for product gas purification [31] best
represents a commercial type application for thousands of hours
of trouble free operation. The implications of the other biomass
derived product gas impurities on SOFCs are scarcely docu-
mented since this subject has only recently been the focus of
experimental efforts. Vapour alkali compounds as well as other
volatile metals, such as zinc, are very drastic and are able to
attack the catalytic surface of SOFCs. These can either be intro-
duced into the gas during the gasification step or during hot gas
cleaning process involving sorbents containing these elements.
Special care has to be given to the silicon purity level because it
is usually a main component of biomass ash and FB inventory.
Silicon can be deposited on the anode as silica (SiO;) and the
transport is enhanced throughout the cell by high (~50%) H,O
content in the fuel according to the following reaction [32]:

Si0y(s) +2H2O(g) — Si(OH)4 (18)

Partial decomposition of tar compounds can occur at the high
water vapour content and high temperature anode environment,
but in case of remaining tar, carbon deposition could occur.
Therefore, tar should be eliminated to the maximum possible
extent.

5.2. Gas cleaning and conditioning scheme

A hot gas cleaning process is examined in order to avoid
great losses of useful heat due to water vapour condensation and
product gas sensible heat loss during excessive cooling.

Tars can be reduced by using natural or synthetic catalytic
gasification FB inventory materials [33]. If cleaning the gas from
other contaminants requires temperatures below the remaining
tar dew temperature, then complete tar elimination should take
place immediately after the gasifier, while the gas is still hot. This
is usually accomplished in a catalytic cracking reactor. Catalytic
particulate filters could also be employed for combined tar and
particulate removal [25]. Assuming that downstream gas clean-
ing process conditions assure no tar condensation, the catalytic
eliminator could also be placed at the final stage of heating the
product gas prior to the SOFC. Adequate tar cracking temper-
atures can be achieved within the hot flue gas stream of the
combustion FB (Fig. 1). Tar cracking at the latter stage prior to
the SOFC will increase the catalyst life (usually nickel based
[34]) by exposing it to minimum poisonous hydrogen sulphide.
If no initial tar cracker is required it would allow the raw product
gas to be cooled down to a lower level and the barrier type filter
could be manufactured of less costly material.

At such temperature levels (7'< 800 K) all of the alkali con-
tent will be in the solid phase condensed on particulates that
are filtered out. Part of the alkali removed will probably drag
down some of the halide content. The remaining gaseous halide
compounds (mainly HCl) can be removed by a dry sorbent bed
containing sodium, in form of NayCO3 which is a rather cheap,
naturally occurring material [31]:

NayCO3 +2HCl <« 2NaCl + CO, +H;0 (19)

For hydrogen sulphide removal, several metal oxides have
been extensively examined in the past decade for desulphurisa-
tion of high sulphur coal derived gas in regenerative mode so
as to avoid excessive sorbent material costs and allow sulphur
recovery in valuable by-product forms (i.e. elemental or sul-
phuric acid) [35-37]. For smaller scale (up to 10 MW,) biomass
power applications the advantage of recovering sulphur would
be negligible, due to the prohibiting capital costs of regener-
ative desulphurisation and the relatively low sulphur content
of biomass. Therefore, biomass fuels with low sulphur content
must be preferred, while for eliminating small concentrations of
H5S a hot non-regenerative sulphur scavenging process is used
based on zinc oxide (ZnO) sorbent. Zinc has a great affinity with
sulphur and is fairly reduction resistant at temperatures up to
810 K with limited Zn losses by boil-off [37]. Desulphurisation
is achieved through the following reaction:

ZnO) +HaS = ZnS() +Hy0 (20)

Zinc oxide sorbents are commercially available as cylindri-
cal extrudates [38] and can be used to form a fixed bed sulphur
trap. Such systems used in hydrocarbon processing are usually
designed to last for months of operation. It has to be noted that
HCI removal has to precede that of H,S to avoid possible inter-
action of HCI1 with the ZnO [37].



K.D. Panopoulos et al. / Journal of Power Sources 159 (2006) 570-585

10,00

<
Tar
condensation
problem STBR=2
Shift allowed -
No shifi —»

HCI tolerance
10O T T

373 423 473 523 573 623 673 723

HCI (ppmv wet)

STBR =0.6
Shift allowed
No shift allowed »

0,10
Temperature (K)

Fig. 9. Thermodynamic prediction of HCI concentration escaping a NayCO3
bed vs. temperature, for different STBR, with and without shift reaction into
account.

During the operation of HCI and H;S trap beds three zones
can be identified: the reacted sorbent, the reaction head and the
un-reacted sorbent zone. Equilibrium of reactions (19) and (20)
is closely approached at high temperatures, and reaction con-
stants expressions can be a good approximation for predicting
the product gas outlet concentration [38]:

Pi,0 P
Kp _ H,O1'CO, (21)
Pyc
K, = [H0 22)
PHQS

Due to chemisorption of H,S on ZnO, the actual H,S level at
the exit of the bed can be even lower than Eq. (22) predicts [39].

Equilibrium calculations were performed with an Aspen
Plus™ (REQUIL) reactor model assuming an initial value of
100 ppmv HCl and 100 ppmv H» S and sorbent double of the sto-
ichiometric required (the latter has no effect as solid materials do
not participate in the chemical equilibrium constant evaluation).
The gas cleaning is more efficient at lower water vapour content
(i.e. lower STBR used in the gasifier) and lower temperatures.
In comparison with results for gas cleaning of air gasification
products [40], where water vapour fraction is less, the removal
of contaminants from steam gasification requires lower temper-
atures to achieve the same degree of purification. The upper and
lower effect of water vapour on predicted outlet contaminant
concentrations because of shift reaction reaching equilibrium or
not is taken into account by presented results for both cases.
Concentrations of 1 ppm HCI can be achieved at 773 K even for
large excess water vapour content (Fig. 9). On the other hand,
cleaning the gas to less than 0.1 ppm H; S requires temperatures
about 573 K for the low STBR =0.6 (Fig. 10) and tar condensa-
tion can be avoided. For STBR =2 cleaning must be done at less
than 523 K, which means some heavier tar condensation might
occur. Apart from relieving the heat pipe requirement to deliver
heat to gasification, more effective H,S cleaning is another rea-
son for choosing low STBR.
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Fig. 10. Thermodynamic prediction of H,S concentration escaping a ZnO bed
vs. temperature, for different STBR, with and without shift reaction into account.

6. SOFC configuration, modelling, and analysis
6.1. SOFC configuration

A typical tubular cathode supported SOFC similar to the
Siemens Westinghouse system is examined for the integrated
system. A high SOFC operating temperature is typically cho-
sen Tsorc = 1173 K in order to satisfy gasification heat demand.
Alternative SOFC configurations and materials with more
detailed modelling will be presented in a future paper. Hav-
ing in mind that the product gas tar burden might not be 100%
eliminated, and that carbon deposition will have to be avoided
within the anode, it is possible that lower operating tempera-
ture SOFCs with alternative coking resistant catalytic materials
might be more appropriate [41].

The SOFC system layout differs in some aspects from the
usual configurations for applications based on natural gas: both
anode and cathode depleted fuel and air are introduced to the
secondary FB combustor. The operating pressure is chosen
at Psorc = 1.5 bar, enough to overcome combustion FB, flue
gas cleaning, and subsequent heat recovery exchanger pres-
sure drops. The input fuel gas is expected to contain very lit-
tle amounts of methane or other hydrocarbons since a heavy
hydrocarbon-eliminating reactor is used. Therefore, the com-
mon internal pre-reformer for methane [20] is not used here.
Furthermore, there is no recirculation of anode depleted gases
rich in water vapour, as commonly proposed for natural gas
fuelled SOFCs [7], and supplementary steam has to be supplied
to the cell to ensure carbon deposition free operation. A recir-
culation loop based on ejectors would require excessive product
gas pressures to drive this process. The additional quantity of
steam is specified to achieve a steam to carbon ratio (STCR), of
at least 2:

nH,0
ncH, + nco + nco,

STCR =

(23)
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Fig. 11. Aspen Plus™ SOFC modelling flow sheet.

where n; are the flow rates (mol s~ 1) of H,O, CH4, CO, and CO,
entering the anode. Similar or slightly higher STCR values are
used when partially pre-reformed methane is fed to SOFCs to
assure no carbon deposition will occur [7,8].

Moistened fuel and air are supplied to the cell at ~1073 and
900 K, respectively. Air can be internally heated up closely to
the operating temperature before reaching the cathode mate-
rial. In this work, the heat for bringing air closer to cathode
temperature (from 900 towards 1173 K) is not supplied by the
post combustor—which is a common practice in natural gas
SOFC cycles [7,8]. The post combustor available heat is solely
used to drive gasification; therefore air temperature rise must
be accomplished within the SOFC stack from the dissipated
heat.

6.2. SOFC modelling

A simple SOFC model was builtin Aspen Plus™ using avail-
able blocks and a FORTRAN calculator (Fig. 11). Incoming
air and fuel are brought to SOFC operating temperature with
(HEATER) blocks. The electrochemically reacted oxygen is
separated in the cathode, modelled by a (SEPARATOR) block,
and fed to the anode, modelled by an (RGIBBS) reactor model,
bringing the anode mixture into chemical equilibrium. The inlet
low methane content justifies this equilibrium assumption rather
than using available methane reforming rate reactions [42]. The
main parameter used in the modelling is the fuel utilisation factor
Uy, expressed as:

1'H, REACT
NH,,in + 1CO,in + 4 - NCH,.in

Us = (24)

where ng, REacT is the Hy (mol s™ 1 reacting in the electrochem-
ical reaction (23) and n; j, refers to the anode’s fuel species input.
For achieving a desired Uy the amount of oxygen passing through
the cathode is specified as no, rReact = 0.5(nH, rREacT). The

model is run for Ur=0.55-0.85, typical values for SOFC oper-
ations.

A total active cell surface Ssopc = 100 m? is used for all cal-
culations. The electrical power output from the SOFC stack is
calculated in a FORTRAN block and participates in the overall
energy balance MIXER as a negative heat stream representing
energy driven out of the cell. The total air supply for the cell is
calculated so as to achieve thermal losses of 5% of the initial
SOFC thermal input.

The FORTRAN block estimating the SOFC electrochemical
parameters is based on literature models from Chan et al. [43,9],
Costamagna et al. [7], Campanari and Iora [44], and Selimovic
[45]. Only the electrochemical oxidation of hydrogen is consid-
ered:

H; 4 (1/2)02 < H0 (25)

based on the assumption that the electrochemical oxidation of
CO and CHy is much slower than the shift and reforming reac-
tions producing Hy which can react faster through reaction (25)
[32]. The Nernst open circuit cell voltage Voc at Tsorc, which
is an average temperature between the mixed anode and cathode
inlet flow, at approximately 950 K and the outlet of the SOFC,
at 1173 K, is:

1/2

AG® Ry Tsorc | PE(PSH

- 26
2-F 2-F Pibo (20)

Voc =

where F=6.023 x 10%* x 1.602 x 1071 Cmol~! is the Fara-
day constant, 2 is the number of e~ produced per H mole that
reacts through reaction (25) which has a molar Gibbs free energy
change of AG° = AH® — Tsorc AS°, calculated at Tsopc and at
standard pressure, and finally, PP"" are the partial pressures of
the participating components in reaction (25) considered as the
average values of the inlet and outlet gas streams in and out of
the anode and cathode. The assumption of average temperature
and gas composition between SOFC inlet and outlet is compared
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Table 7
Equations and constants for evaluation of SOFC Ohmic resistances
l.
Equations used Component resistance : R; = p;S—' (£2) 27
i
where /; is the current flow length, S; is the area through which the current flows, calculated according to [44]
Specific resistivity : p; = A; - ¢~ (Bi/Top) (£2m) (28)
Total resistance : Ropm = Rel + Ry + Re + Rine (£2) 29
Component [9] Material A; (Qm) x 10° B; (K)
Electrolyte YSZ 2.94 —10350
Anode Ni/YSZ 2.98 1392
Cathode LSM-YSZ 8.114 —600
Inter-cell connector Doped LaCrO3 1256 —4690

against detailed estimation of fuel parameters in [46]. The ideal
cell voltage is reduced by Ohmic, activation, and concentration
losses or overpotentials all of which are taken into account as
follows:

a. Table 7 gives a short description of the evaluation of Ohmic
resistances due to limited electrical conductivity of anode,
cathode, and inter-cell connection points as well as ionic
conductivity limitations of the electrolyte. For the tubular
configuration assumed, the tube dimensions and the current
path flows are considered, taking into account the circum-
ferential current flows in the anode and cathode, according
to Campanari and Iora [44]. The Ohmic voltage losses are
evaluated as: Vogm =Roam! (V), where I (A) the total cell
stack current given by:

I = 2Fnu, REACT (30)

The Ohmic voltage loss calculated is in the range 80—-120 mV,
depending on the SOFC operating parameters, which agrees
with values given in literature [47].

b. Activation polarisation losses occur due to slow electron
release or capture steps in the electrode—electrolyte bilayer
and are evaluated as surface specific Ohmic resistances, RaocT
in (2 m?) (Table 8). The activation voltage losses are eval-
uated as Vact =(Ract/) (V), where J is the current density
(Am~2):

c. Concentration polarisation losses are caused by limited dif-

fusion of gaseous reactants and products species in and out
of reaction sites inside the porous SOFC electrodes. Usually
concentration losses are small unless very large oxygen or
fuel utilisations are reached. It was decided at an early stage
to include their estimation because of the particularity of the
proposed system: the absence of a post combustor in the stack
results in lower air demands for cooling and thus greater
air utilisation that could potentially reach near SOFC oxy-
gen starvation. In that case the concentration overpotentials
could have been significant. However, such high oxygen util-
isations were not observed in the final calculations presented.
The concentration polarisation voltage losses are estimated in
voltage drop terms by expressing the relative concentration
difference of species participating in (25) on reaction sites
and bulk SOFC flow. This reduction is controlled by Fick’s
law of diffusion inside the electrode pores. The final forms
of equations are given in Table 9 together with the assump-
tions for the evaluation of the effective combined ordinary
and Knudsen diffusion coefficients. The analysis is based on
Selimovic [45].

According to the simulation model the output voltage of the

cell is:
V = Voc — Voum — Vact — Vpo (39)

The cell power output is:

1
J= (34)
SSOFC Psorc =V -1 (40)
Table 8
Equations and constants for evaluation of SOFC activation resistances
Equations used Anode:
1
! =D - 2-F . (ﬁ)m - e~ (Ea/ReTsore) (=1 12y (31)
Ract_a Ry - Tsorc  \ PO
Cathode:
2
=D,- 47]7 . (@)m e~ (Ec/ReTsord) (=1 2y (32)
Ract_c R - Tsorc PO
Total activation surface specific resistance:
Ract = Ract_a + Racr.c (827! m?) (33)
Electrode properties [7] D; (Am™2) m; PO (atm) E; (Jmol™1)
Anode 2.13 x 108 0.25 1 110000
Cathode 1.49 x 108 0.25 1 110000
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Table 9
Equations and constants for evaluation of SOFC concentration overpotential

Equations used

VDIFE AN =

R - Tsorc

Anode overpotential:

{ 1 — (JRgTsorcIaN/2 FDett, AN, H, ygz Psorc)

1 + (JRgTsorclan /2FDeff,AN,H20yglzo Psorc)

> F } V) (35

Cathode overpotential:

Vbirr.ca =

R - Tsorc 1 1
a7 Mol
Yo, Yo,

1) exp< JRyTsorclca )] V) G6)

4 FDett,ca Psorc

Total polarisation overpotential:
Vpo = Vbirr.aN + Vbirr,ca (V) (37)
Effective diffusion coefficient:

Di‘mix Di,Kaelectrode

Defr,; = (m?s™1) (38)
e (Di,mix + Di,K)Telectrode
Properties Dix D mix Eelectrode Telectrode l;
Evaluation [ref.] Evaluation from [21] for 1 x 107%m pore size [45] Evaluation from [21] 50% [45] 3 [45] As in Table 7

Finally, the electrical efficiency of the SOFC, in respect to its
fuel species input, is calculated, according to:

Psorc — Pcomp
ny, - LHVcy, +ni} - LHVy, + %, - LHVco
41

Nel, SOFC =

6.3. SOFC modelling results for operation with product gas

For the specified clean product gas composition of 26.15%
Hy, 15.89% CO, 2.64% CHy, 6.02% CO,, and 49.1% H,O
that results from moistening the gasifier outlet, operating on
STBR=0.6, up to STCR =2, several characteristic curves are
drawn running the model at Tsorc = 1173 Kand Psopc = 1.5 bar.
The following analysis shows the effect of product gas feed rate
and fuel utilisation factor on the SOFC performance.

Increasing Uy results in excessive activation and Ohmic losses
(Fig. 12) due to H, and especially O partial pressure decrease
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Fig. 12. SOFC voltage characteristics (Voc, V, Voum, Vact, Vpro) vs. current

density for different fuel utilisation factors.

at the end of the cell. The air inlet is preheated by the flue
gas generated in a fluidised bed combustor instead of a SOFC
post combustor. In the proposed system, O, partial pressures
at the cathode exit are reduced more than in the usual SOFCs
because less excess air is required in the fluidised bed combustor
than would be required for cooling the SOFC post combustor.
Accordingly, the air utilisation factor is higher in the present
SOFC, resulting in lower exit O, partial pressures.

The combined effect is that the total electric power output
versus current density reaches a maximum for any given Uy
(Fig. 13). The maximum electric power output occurs at higher
current densities for decreasing fuel utilisation factors because
of lower activation overpotential losses. Nevertheless, low fuel
utilisation factors are accompanied by a greater electric effi-
ciency penalty. This is also shown in Fig. 14, which illustrates
the electrical efficiency 71 sorc, as defined in Eq. (41), versus
the power produced for a wide range of fuel utilisation factors.
The curve corresponding to Ur=0.7 is presented with a dotted
line to distinguish easily from the rest.
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Fig. 13. SOFC stack power output vs. current density for different Ur values.
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7. Integrated system results and discussion

The electrical efficiency of the integrated system, with respect
to biomass fuel input, is defined as:
Ninv Psorc — Pcomp

= 42
el.CHP (Primary + Secondary input biomass); yv “2)

while thermal efficiency of the total system is defined as

1 _ Quseful (43)
h.CHP (Primary 4 Secondary input biomass); yv

The definitions of the electrical efficiency of the integrated sys-
tem ne1,cup (Eq. (42)) and the electrical efficiency of the SOFC,
ne1,sorc (Eq. (41)), differ in what is considered as energy input.
In Eq. (41) it is the fuel gas, in Eq. (42) it is the total biomass
input to the gasifier and the combustor.

The anode depleted fuel combustion along with the un-
reacted char from the gasifier cannot sustain gasification for all
the 50-200 kg h~! primary biomass input range, for U > 0.7 and
additional biomass is required. This has a negative effect on the
electrical efficiency of the integrated system n¢ cap (Fig. 15)
despite the fact that considering the stack separately, by plotting
Nel, SOFC, it operates more effectively at higher fuel utilisation
factors (Fig. 14). In Fig. 15, the thick black line shows the curve
for Ur=0.7 while the thick dashed line shows the thermal effi-
ciency for Ur=0.7. It is evident that the electrical efficiency of
the proposed system is optimised for a wide range of power out-
puts at Ur=0.7 reaching 45% for 80 kW, net output and 25%
for 160 kW, net output. The corresponding thermal efficiency
of the CHP system is also illustrated only for the optimised Uy
ranging from 12 to 25%, respectively, considering as useful heat
produced in the flue gas heat exchanger, in the form of hot water
(HX4 in Fig. 1).

The presented analysis is not a total optimisation of the sys-
tem for its nominal output value. The future cost of fuel cell
stacks and other components compared with electricity and
thermal energy revenues will determine the nominal capac-
ity achieving best economical operation. Choosing an average

50

45

404

0.55

SOFC Electric efficiency (%)
|35

40 60 80 100 120 140 160 180 200
Electric power output (kW)

Fig. 14. SOFC efficiency vs. power output for different Ur values.
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Fig. 15. CHP electrical efficiency vs. power output for different Uy values. High-
lighted for optimised operation together with thermal CHP efficiency at Uy =0.7.

nominal current density value of 2500 Am~2, at Ur=0.7, the
system operates with ~36% electrical efficiency LHV producing
140 kW, consuming 90 kg h™! biomass. The system of Siemens
Westinghouse exhibits a higher efficiency of 47% as stated in
several published papers, e.g. [8] exhibits a higher efficiency
of 47% but the fuel utilisation mentioned is around 85%. In our
SOFC model, higher efficiencies can also be achieved by choos-
ing different operating conditions, as shown in Figs. 13-15.
Furthermore, in Van Herle et al. [48] who studied the utilisa-
tion of biogas in SOFCs, also state that SOFCs can achieve
efficiencies in the range 30-40% in the power range 5-20 kW,;.

For the evaluation of the total system all thermal, power and
pressures losses for each unit operation were taken 2% of the
input, which is a fair assumption compared to other SOFC sys-
tem modelling works [8].

Further valuable results and discussion can be derived from
an exergetic analysis of the plant presented in Part II of this
work. The exergetic analysis can best illustrate the combined
advantages of SOFC off gas utilisation for the allothermal gasi-
fication. A higher pressure system including an expander to drive
the compressor will be investigated in the future and its impli-
cations to the total system will be assessed.

8. Conclusions

The combination of allothermal biomass gasification and
SOFC for small scale CHP was assessed by modelling in Aspen
Plus™ process simulation software. The system operates on
atmospheric pressure and is based on the novel “BioHPR” reac-
tor, already proven for its capability to transfer required gasifi-
cation heat between combustion and gasification fluidised beds
by using high temperature heat pipes [6].

In the present modelling, this secondary fluidised bed is
fed with SOFC depleted off gases, un-reacted gasification char
and additional biomass if required. The number of heat pipes
required for the thermal coupling of the two fluidised beds was
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estimated at around 180 per MW gy gasifier biomass input. In
order to avoid excessive number of heat pipes it was decided
to use a low STBR =0.6. The size of the system was based on
the common 100 m? active surface SOFC. With average nomi-
nal current density 2500 A m~2, at Ug = 0.7, the system operates
with 36% electrical efficiency LHV producing 140 kW, while
the separate thermal efficiency is at 14%. The fuel utilisation fac-
tor Ur=0.7 optimises total electrical efficiency over a range of
power outputs. Higher Ur values necessitate additional biomass
utilisation in the combustion FB and thus the efficiency drops.

The potential matching of SOFC fuel requirements and gasi-
fication product gas purity level by hot gas cleaning was investi-
gated. High water concentrations inhibit effective H»S removal
at high temperatures. Lower temperatures result in poor effi-
ciency and tar condensation problems. In Part II of the work the
overall process is described with exergy terms to best illustrate
its features.
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